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Abstract

Membrane distillation (MD) is an emerging thermal desalination technology capable of desalting
waters of any salinity. During typical MD processes, the saline feedwater is heated and acts as
the thermal energy carrier; however, temperature polarization leads to low distillate fluxes, low
single-pass water recovery and poor thermal efficiency. An alternative approach is to integrate an
extra thermal energy carrier as part of the membrane and/or module assembly, which can
channel externally provided heat directly to the membrane-feedwater interface and/or along the
feed channel length. This direct-heat delivery has been demonstrated to increase single-pass
water recovery and enhance the overall thermal efficiency. We developed a bench-scale direct-
heated vacuum MD (DHVMD) process to desalinate oil and gas “produced water” with an initial
total suspended solids of 115,500 ppm at ambient temperatures. We evaluated both water flux
and specific energy consumption (SEC) as a function of water recovery. The system achieved an
average flux >6 kg m~ hr!, a SEC as low as 2,530 kJ kg"!, and a maximum water recovery of
68%. The major species of mineral scales (i.e., NaCl, CaSO,, and SrSO,) that limited the water
recovery were modeled in terms of thermodynamics and identified by scanning electron
microscopy and energy-dispersive X-ray spectroscopy. In addition, we further developed and
employed a physics-based process model to estimate temperature, salinity, water transport and
energy flows for full-scale vacuum MD and DHVMD modules. Model results show that direct-
heat input rate of 3,600 W can increase single-pass water recovery by 48.3% while lowering the
thermal SEC by 16.4%. Finally, possible designs for a full-scale DHVMD plant to achieve high

water recovery and high gained output ratio values were shown.

Keywords: membrane distillation; hyper-saline water; brine; produced water; mineral scale;

process modeling
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1. Introduction

Management of hyper-saline waste brines (e.g., total suspended solids (TDS) concentration
>70 g L™) is critical in the oil and gas (O&G) industry and many other industries (Pramanik et
al., 2017; Shaffer et al., 2013). To reduce disposal costs (Pramanik et al., 2017) and
environmental impacts (Tasker et al., 2018), O&G produced water typically requires treatment
using a wide range of technologies to remove oil and grease, suspended solids, and soluble
hydrocarbons before reducing salinity (Fakhru’l-Razi et al., 2009; Hoek et al., 2021; Robbins et
al., 2020). When brine concentration or minimum liquid discharge (MLD) is a goal, thermal
desalination technologies must be used to concentrate the brine up to 250 g L' TDS (Li et al.,
2015). The concentrated brine can be further treated using a thermal salt crystallizer if zero liquid
discharge (ZLD) is desired (Chen et al., 2014; Kim et al., 2018; Kim et al., 2017; Tun et al.,
2005; Wang et al., 2020).

Membrane distillation is a thermally driven evaporation/desalination process through porous
hydrophobic membranes. One advantage of membrane distillation (MD) is that water flux and
energy demand are relatively insensitive to TDS concentration, whereas for pressure-driven
desalination processes like reverse osmosis (RO), the water flux, salt rejection, and energy
demand are directly impacted by TDS concentration. Furthermore, RO is limited to desalination
of saline water up to 80 g L' TDS, whereas MD is capable of treating hyper-saline brines up to
the point of saturation (Deshmukh et al., 2018). Another advantage of MD is the high surface
area-to-volume ratio of a membrane module, which can lower capital costs compared to
conventional thermal desalination processes, particularly for small applications of less than 500

m® day™' (<100 gal min™") (Deshmukh et al., 2018).
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In conventional MD, the feed is preheated before entering the membrane module to provide
the driving force for vapor transport, which is a partial pressure difference between the feed side
and the distillate side of the membrane. During operation, the water vapor leaving the feed, at the
feed-membrane interface, contains the latent heat of evaporation that crosses with the vapor into
the distillate side of the membrane, which results in a lower temperature at the feedwater-
membrane interface, a phenomenon called temperature polarization. The presence of temperature
polarization decreases the driving force for evaporation across the membrane by lowering the
temperature and therefore partial vapor pressure of the feed stream. Heat is also lost through
conduction across the membranes and across the boundaries of the membrane element and other
components of the system. Therefore, a thermodynamic limit to water recovery (<10%) in a
single-pass MD process is expected for standard operating conditions (Bartholomew et al., 2020;
Gilron et al., 2007; Lin et al., 2014).

Delivering heat directly to the feed channel and/or the membrane surface could minimize
temperature polarization in a directly heated vacuum MD (DHVMD) system, and thereby
increase single-pass water recovery and lower specific energy consumption (SEC). Previous
studies have shown that MD systems that incorporate membrane surface heating (e.g., through
resistive heating, induction heating, or photothermal heating) can be used for high salinity water
desalination (Anvari et al., 2019; Dongare et al., 2017; Dudchenko et al., 2017; Huang et al.,
2021; Li et al., 2019). In addition, thermal energy can also be delivered to the bulk feed and the
feedwater-membrane interface through conductive transfer of externally supplied heat via
thermally conducting materials (e.g., metal plates and meshes) incorporated into the membrane
module. In a recent study (Wang et al., 2021), a vacuum MD (VMD) process with direct-heat

input rate was evaluated in 2-hour long tests using hypersaline feed water containing 100 g L™
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NaCl under varying operating conditions. The process resulted in water flux as high as 9 kg m™

hr! and high thermal efficiency, especially with surface heating only.

In this study, we evaluate the performance of DHVMD applied to desalination of a hyper-
saline produced water for which the water recovery was limited by mineral scale formation. We
identify the principal mineral scale forming species via thermodynamic modeling, scanning
electron microscopy (SEM) and energy-dispersive X-ray spectroscopy (EDS). We also report the
SEC as a function of water recovery in the lab-scale DHVMD module. In addition, we perform
full-scale simulations to compare the performance of a standard VMD and DHVMD modules in
desalting a hyper-saline brine. Through the model, we explore the impacts of direct-heating on
temperature and concentration polarization, water flux, heat flux, water recovery, and thermal
SEC. Finally, we show possible designs for a full-scale DHVMD plant to achieve high water

recovery and high gained output ratio (GOR) values.

2. Materials and Methods
2.1. MD membrane and thermally conducting materials

The membranes used for DHVMD are hydrophobic polypropylene (PP) membranes (3M,
Charlotte, NC) with an average thickness of 100 um, an average pore size of 0.2 um, and a
porosity of 70%. We consider two types of thermally conductive layers. The first is a thin
aluminum sheet (shim) placed on the feed channel wall opposite the membrane, as shown in Fig.
Ic. The second is an aluminum mesh that is in direct contact with the membrane in the distillate
channel (McMaster-Carr, Los Angeles, CA), also as sketched in Fig. 1c. The aluminum shim had

a thickness of 250 pm, and the aluminum mesh had a mesh size of 120x120 (109 um opening
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size), a thickness of 203 um, and a 27% open area. The membrane coupon, aluminum shim
piece, and aluminum mesh piece were cut from flat sheets obtained from the manufacturers and

used directly without further modification.

2.2. Feed characterization and preparation

The experiments used high salinity produced water as feed. The water was effluent from a
membrane bioreactor (MBR) used to treat the water, with the raw feed to the MBR collected
from O&G extraction wells in the Permian Basin. The main water quality characteristics of the
produced water are listed in Table S1. Inorganic species with the highest concentration were
found to be Na" and CI, which were at least 10 times higher than any other inorganic
constituents. In addition to inorganic constituents, the produced water had low levels of
dissolved organic carbon (DOC), because the majority of organics contaminates were removed
during the MBR process.

Based on the water quality information, we used the OLI stream analyzer (OLI systems Inc.,
Cedar Knolls, NJ) to quantify the thermodynamic tendency of salt precipitation using the unitless

saturation index. The saturation index of inorganic species C A, was calculated using Eq. 1:

ac)(a,)

o lacf (@) o
Ksp( Cx A))

where d. is the activity of cation C, @4 is the activity of anion A, and KSP(CXA},) is the solubility

product of CxA,. The indices for cation activity and anion activity follow the stoichiometry of

the inorganic salt. When SI exceeds 1, the solution is supersaturated with respect to the particular

mineral, and precipitation will take place spontaneously. The OLI simulations were performed

using estimates for the salinity and temperature at the membrane surface. The membrane surface
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salinity and temperature were approximated using the concentration polarization factor (CP) and
the temperature polarization factor (TP) predicted by the full-scale process model (see details in
Section 2.6). The thermodynamics modeling provides an estimate of salt precipitation tendency
at the membrane interface.

The produced water used for the experiments was either used directly or pre-concentrated by
50% using a rotary vacuum evaporator (Thermo Fisher Scientific, Waltham, MA); no noticeable
crystallization of inorganic salts was observed during pre-concentration. In terms of the
evaporator’s operating conditions, the water bath temperature was set to 55 °C, the vacuum was
provided by a whole-house vacuum system located in the UCLA engineering building

(approximately 0.8 bar absolute pressure), and the rotational speed was set to 180 rpm.

2.3. DHVMD experiments

Fig. 1a shows a flow diagram of the batch DHVMD system used to desalinate the produced
water. Flux measurements were performed by measuring changes in the mass of the feed tank
holding the produced water (Ohaus, Model Number PX2202, Parsippany, NJ). Feed mass
measurements were performed every 5 second. The feed was circulated through the membrane
module using a peristaltic pump (Cole Parmer, Vernon Hills, IL) or a gear pump (Greylor, Cape
Coral, FL), both of which have speed/flow control. A cartridge filter with a 1 um pore size
(Hydronix, Chino Hills, CA) in the recirculation line after the outlet of the membrane module,
was used in the experiments where the pre-concentrated produced water was further treated. This
filter was used to capture any precipitates formed from homogeneous nucleation in the feed tank
(Zhang et al., 2015). Temperature sensors (Vktech, Shenzhen, China) were placed in the inlet

and outlet of the flow cell to monitor the feed temperature in real time. The temperature sensors
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were controlled via an Arduino microcontroller. The flow cell was constructed of polyether ether
ketone (PEEK), a polymer known for its ability to withstand high temperatures. The length,
width, and height of the flow channel were 4 cm, 10 cm, and 4 mm (or 3 mm), respectively.
During cross-flow operation, room-temperature feed was pumped into the membrane module and
evaporation took place at the feedwater-membrane interface. A vacuum pump (JB Industries,
Model Number DV-85N, Aurora, IL) was used to induce vacuum on the distillate side to drive
water vapor transport across the membrane. The vacuum was set at 0.01 bar absolute pressure, as
measured by an external vacuum pressure gauge (McMaster-Carr, Los Angeles, CA). The vapor
produced by the cell and passed to a condenser (Chemglass Life Sciences, Vineland, NJ) in
which the coolant (50 wt.% ethylene glycol at 0 °C) was recirculated using a refrigerated bath
circulator (Thermo Fisher Scientific, Waltham, MA). The distillate was then collected in a flask.

The coupling of the thermal energy supply to the shim and mesh is illustrated in Fig. 1b. A
cartridge heater with an internal temperature sensor (McMaster-Carr, Los Angeles, CA) provided
the thermal energy. The heating temperature was regulated by a thermostat (Inkbird, Shenzhen,
China). In this setup, the mesh and shim funnel the externally provided heat to the
membrane/water interface (mesh) or into the feed channel itself (shim). Type K thermocouples
(AWG 24, Minnesota Measurement Instruments LLC, Minnesota, MN) were mounted to the
surfaces of the mesh and the shim by Kapton tape (McMaster-Carr, Los Angeles, CA) to
measure the temperature at different points on the shim and the mesh, as previously detailed in
Wang et al. (Wang et al., 2021). Detailed arrangement of feed streams, membrane materials and
module, and both heat and water flows inside the module is presented in Fig. 1c.

Rate of Heat flow to the membrane surface or feed channel delivered through the thermally

conducting layers, Qe (W), was estimated by (Wang et al., 2021)



202

203

204

205

206

207

AT
Qheat eﬂ Ax— A X (O)
where k; (W m™ K™) is the thermal conductivity of the thermally conducting layer, A (m?) is the
cross-sectional area of the thermally conducting layer, and AT (K) and Ax (m) are the

temperature difference and the distance between two specified points on the thermally

conducting layer along the direction of heat transfer, respectively.

Circulation Pum
(@) Heater Temperature sensor p\ P
Flow Cell
Cartrldge Filter
----- Feed Tank
Temperature sensor '\ .....
Condenser Analytical Balance
Vacuum Pump ﬁ Distillate Tank
(b) Water Flow
— Flow Cell /

Cartridge Heater

Thermostat Heat Flow

Heat Flow
—
Water Flow



208
209
210
211
212
213
214
215
216
217
218
219
220
221
222
223
224

225

226

227

228

229

230

231

232

233

234

Fig. 1. (a) Flow schematic of the bench-scale DHVMD system. The PEEK membrane flow cell
houses a flat sheet membrane, and thermal conductors that are coupled with heater. (b)
Schematic of the coupling between thermal conductors in the flow cell and heat source. In
specific, flat-sheet thermal carriers (both mesh and shim) were wrapped around a cartridge
heater. Red arrows denote heat flows and blue arrows denote water flows. (¢) Schematic of heat
and mass transfer in two-dimensional cross sections of a three-dimensional membrane module.
The left cross section is parallel to the x-z plane and the right cross section is parallel to the y-z
plane. Along the membrane, the heat is fed from one side through the shim and the mesh. The
shim conducts the heat to the feed at the bottom of the feed channel, and the mesh conducts the
heat to the feedwater-membrane interface. Across the membrane, the water evaporation at the
feedwater-membrane interface creates water and heat flows from the feed side to the distillate
side.

To explore the impact of water recovery on performance, the system was operated in a
recirculating mode that constantly recirculated feed through the module, while the distillate was
not returned to the feed tank, which allowed the concentrations of rejected constituents to
increase over time. Water recovery in MD is typically defined as the percentage of the feed that

becomes distillate. In this lab-scale MD system, the water recovery (Y) was defined from

_Am

- ()

where Am (g) is the cumulative water production represented by the reduction in feed mass

Y

between 0 and certain recovery, and m (g) is the initial feed mass. Each of the experiments was
terminated at the target value of Y, and then the process performance metrics such as distillate

flux and salt rejection were computed. The distillate flux, J (kg m™ hr™'), was calculated as

m

J=7 (0)

where m (kg hr™) is the decreasing rate of feed mass and A,, (m?) is the effective membrane area.

m

For each set of experiments, the distillate flux was calculated using the slope of the linear
regression of the feed mass change over time, divided by the effective membrane area, at
different recoveries. Each data point of feed mass used for flux calculation was an average of all

the measurements in 10 minutes. The electrical conductivities of the feed and the distillate were
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determined using a conductivity meter and conductivity cell (Thermo Fisher Scientific, Waltham,
MA), which can measure the electrical conductivity (as high as 200 mS m™) in high salinity
environments. The measured electrical conductivities are used to calculate the salt rejection (R)

as

R=1-2¢ 0)
-1

where ¢, and ¢, are the electrical conductivities of the distillate and feed, respectively.

Experiments were conducted in triplicate to evaluate the system behavior in terms of flux as a
function of water recovery under the following range of operating conditions (Table 1). Each
feed mass value was selected to provide the minimized duration based on experimental
conditions. Among all the conditions, the feed mass variable had limited impact on the

performance regardless of scaling.

Table 1. Experimental conditions for all the sets of experiments

# of Recovery Feed Mass  Heat Source Feed Crossflow  Addition of
Experimenta (2) Temperature Velocity (cm's')  Cartridge Filter
1 Condition °O)

1 0-50% 500 140 16 No
2 0-50% 300 180 16 No
3 0-68% 300 180 22 No
4 50%-66% 1200 180 22 Yes

2.4. Membrane characterization
The membranes were examined to characterize the layers of mineral scale that developed on
their surface using SEM (Zeiss Supra 40 VP, Carl Zeiss Microscopy LLC, NY). Quantitative

analysis and surface elemental mapping were also carried out using EDS to determine the type
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and species of mineral scale. Before imaging, samples were secured on SEM stubs using double-

sided carbon tape, and sputter coated with platinum.

2.5. DHVMD system energy performance

The energy requirements in a typical VMD system consist of three components (Mericq et
al., 2011): thermal energy for feed evaporation, the electrical energy for vacuum generation, and
the electrical energy for feed recirculation. For the calculation of the thermal energy demands,
we assume that our experimental system operated with no environmental losses, considering the
flow cell is made up of heat insulating material. The energy efficiency of an MD system was
evaluated using SEC as a metric based on the quantities of total energy consumed and the
quantity of water being treated.

SEC (kJ kg™') was defined as the amount of total energy supplied (thermal energy and
electrical energy in this case) to produce a cumulative mass of pure water, which can be
calculated using (Miladi et al., 2019):

SEC=STEC+SEEC (0)
where STEC (kJ kg™) is the specific thermal energy consumption, which can be calculated as

(Soomro and Kim, 2018)

Qheat X 10_3
Am (0)
At

where At (s) is the corresponding time interval between 0 and a certain recovery. SEEC (kJ kg™)

STEC=

is the specific electrical energy consumption defined as the electrical energy consumed (E, kJ s™)

to produce a unit mass of pure water:

Am 0)
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The electrical energy consumption is composed of the energy needed to create vacuum on the
distillate side and to circulate the feed. The method used to calculate the electrical energy input E

(kJ s7') is detailed in Wang et al. (Wang et al., 2021).

2.6. Module-scale DHVMD model

Numerical simulation of an MD process at a module scale provides important insights into
the spatial distributions of temperature, salinity, and water and energy flows along the membrane
(Deshmukh and Elimelech, 2017; Gustafson et al., 2016; Lin et al., 2014; Ma et al., 2018). In the
DHVMD model used here, the governing equations of momentum transport, mass transport, and
heat transport and the property relations were coupled to generate a prediction of the conditions
along the membrane surface. The governing equations, computational approach, and validation
against experimental results are detailed in the Supplementary Information (SI) (Section S2). A
major difference between traditional VMD models and the model used here is the addition of
heat to the non-membrane side of the feed channel and/or the feedwater-membrane interface
using the energy carriers (e.g., metal plates for conductive heating or electrically conducting layer
for electric heating). To approximate the actual conditions, we discretize the membrane module in
the longitudinal direction to create 10,000 differential segments (a single discretized section is
represented by the dashed line box in the right cross section in Fig. 1c¢). The first-order Euler
method (a type of finite difference method) was used to translate this system of non-linear
differential equations to a system of linear equations that can be calculated based on the inputs of
influent feed conditions, operational parameters, channel dimensions, and membrane properties

(see Section S2 for details).
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3. Results and Discussion
3.1. Heat delivery and distribution

The initial feed temperature in all experiments was room temperature, which was 24+0.5 °C.
Under all the experimental conditions, the feed temperature rapidly increased during the initial
recoveries, reaching the steady-state temperature at 31.5 °C (see Section S3). Heat in the
DHVMD system was provided entirely by thermal conduction through the aluminum mesh
and/or shim. Based on Eq. 5, the total heat input rate from both the shim and mesh was
determined to be 16.3+1.8 W and 21.7+£2.6 W, when the heat source temperatures were set to 140
°C and 180 °C, respectively (Table 2). The heat input rate from the shim was more than 10 times
higher than that from mesh, given the similar temperature gradient, due to the shim’s greater
thermal conductance, which was a result of the materials’ larger cross-sectional area.

Table 2. Heat delivery by aluminum shim and aluminum mesh to the membrane module based
on the temperature data measured using thermocouples taped on shim and mesh.

Heat Source ~ Temperature  Heat Input Temperature  Heat Input Total Rate of
Temperature  Change on Rate from Change on Rate from Heat Input
°C) Shim (K m™)  Shim (W) Mesh (K m') Mesh (W) Rate (W)
140 19.7+23 152+1.8 169 £0.5 1.0+ 0.03 16.3+1.8
180 26.1+£3.2 20225 255+5.1 1.5+0.38 21.7+2.6

When the DHVMD reached steady state, most heat delivered to the membrane module was
used for evaporation and/or to heat up the bulk feed, as the heat lost to the environment was
minimized by supplying and consuming heat in situ, evidenced by the high thermal efficiency of
DHVMD in Wang et al. (Wang et al., 2021). As thermal energy carriers, the shim and the mesh
functioned differently in terms of driving the DHVMD process, as they were placed at different

locations inside the membrane module. The shim is positioned on the feed channel wall opposite
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the membrane and provided heat to the flowing feed stream in a manner similar to the feed
preheating in conventional MD systems. In contrast, the mesh was placed under the membrane
(distillate side and in direct contact with the membrane), and provided heat directly to the
membrane/feed interface. In this configuration, the porous mesh allows water vapor to pass
through the membrane and into the distillate channel. Because the thermal conductivity of the
water vapor is an order of magnitude smaller than that of the liquid water, heat generated from

the mesh is delivered primarily across the membrane to convert liquid water to vapor.

3.2. Water flux vs. recovery
A set of experiments that concentrated the produced water using different operating
conditions (conditions 1 and 2 in Table 1) was performed to achieve 50% water recovery, and
vapor flux was measured as a function of water recovery (Fig. 2a). Over the course of the
experiments (from 0 to 50% recovery) the flux increased up to 10% recovery and then fluctuated
between 4.7+1.6 kg m 2 hr! and 6.3+0.2 kg m™ hr! when T = 140 °C. The flux exhibited the
similar initial increase and then fluctuated between 5.0+0.4 kg m™ hr! and 7.440.6 kg m™ hr'
when Ty = 180 °C (Fig. 2a). These results showed that 50% recovery could be achieved with
stable flux and little scaling. Higher heat source temperature resulted in greater heat input rate
(Table 2), so the system exhibited higher flux. To explore system performance at higher feed
salinity, we evaluated higher distillate recovery and terminated the experiments when the flux
dropped below 1 kg m™ hr™'. This occurred at approximately 66% to 68% recovery (Fig. 2b,
condition 3 in Table 1 with T} at 180 °C). Overall, the flux firstly increased (from 4.4+1.2 kg m?
h' to 7.8+1.5 kg m? h'") up to 10% recovery, then gradually declined (from 7.8+1.5 kg m? h™' to

6.94+0.4 kg m™? h'') up to about 50% recovery, and after 50% recovery flux declined dramatically
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(from 6.9+0.4 kg m? h' to 2.3+2.0 kg m™ h™'). The relatively unstable flux measurements above
50% recovery were likely due to the onset of mineral scaling via heterogeneous crystal
nucleation and growth on the membrane combined with homogeneous precipitate deposition and
sloughing along the surface. A cartridge filter was used to further investigate flux behavior
beyond 50% recovery (condition 4 in Table 1). The flux became far more stable (Fig. 2b, red
data points), which suggested that some homogeneous crystallization indeed occurred. However,
we still observed a rapid flux decline as the system approached 60% recovery, with the flux
dropping from 4.84+0.3 kg m™ hr! at 60% recovery to 0.1£0.1 kg m™ hr™' at about 66% recovery.
At a recovery greater than 60%, the feed had a salinity about 3 times higher than its original
concentration, which was close to the solubility limit of NaCl in the bulk and even higher near
the membrane surface due to CP even with a higher temperature at the feedwater-membrane
interface. The rapid formation of minerals at these high recoveries can block the pores through
the membrane and prevent water vapor from passing into the distillate channel.

We modeled the DHVMD process using the experimental parameters as inputs and found the
average TP and CP (defined in Egs. S25 and S32) to be 0.988 and 1.32, respectively. Those
factors were used to compute the membrane surface temperature and salinity based on the bulk
feed temperature (Section 3.1) and salinity (Table S1). We then determined that NaCl exceeded
its saturation indices at 60% recovery (Fig. 2c), which corresponded to the rapid onset of flux
decline. In addition, SrSO,, CaSO,, and CaSO,2H,0 were already saturated below 50%
recovery, but because the concentrations of Sr and Ca were relatively low, the formation of these
crystals did not have a dramatic impact on system performance, but perhaps played a role in the
gradual flux decline from 10% to 50% recovery. Previous literature suggests rapid crystal growth

by supersaturated NaCl and slower growth for CaSO, and SrSO, (Kiefer et al., 2019).
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Fig. 2. Water flux versus recovery (a) from 0 to 50% with different feed heat source temperature
(Ty = 140 °C, dark gray data points; Ty = 180 °C, dark yellow data points), and (b) from O to
68% (olive data points) and 50% to 66% (red data points). (c) Saturation indices of different
scale-forming species (celestine, black data points; gypsum, green data points; anhydrite, red
data points; halite, blue data points) at the feedwater-membrane interface versus water recovery
from O to 66%. All the tests performed have a salt rejection above 99.9%.

SEM micrographs and EDS analysis of pristine MD membranes and those used in
experiments are shown in Fig. 3. Both SEM micrographs and EDS data showed that there was
limited inorganic fouling when water recovery was below 50% (Figs. 3a and 3b). The lack of
crystals on the membrane surface when recovery reached 50% was in line with the stable flux

observed when recovery was below this level (Figs. 2 and 3). In addition, SrSO, crystals were

not observed despite the fact that the saturation indices of both salts suggested that precipitation
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should take place. However, at 68% recovery, the membrane was covered by a large number of
crystals of varying morphology, including needle-like (likely CaSO, and SrSO,) and cubic
crystals (likely NaCl) (Figs. 3c and 3d). EDS analysis of these images revealed the presence of
Na, Cl, Sr, Ca, S, and O confirming the formation of NaCl, SrSO,, CaSO, species. A detailed
EDS mapping analysis of the membrane surface can be found in the SI (Fig. S3). Overall, the
characterization results from both the SEM and EDS, together with the OLI simulations,
suggested that the precipitation of NaCl predominantly caused the flux decline at recovery above

50%.
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Fig. ) SEM image of a pristine PP membrane surface; (b) SEM image of used PP membrane
from the experiment at 50% water recovery; (c¢) and (d) SEM image and the corresponding EDS
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spectrum of two different spots of the used PP membrane from the experiment with 68% water
recovery. In the EDS spectrum, the x-axis is energy (keV), and the y-axis is counts for element.

3.3. Specific energy consumption vs recovery

The SEC, STEC, and SEEC as a function of the % recovery were calculated to quantify the
system energy performance. In the lab-scale system without any heat recovery, the SECs of
desalination were consistent with previously reported energy consumption values (Wang et al.,
2021), which demonstrated that the DHVMD system had a lower SEC than other MD
techonologies. Overall, the STEC is the larger component of the SEC, while the SEEC makes up
only a small part of the SEC, with the STEC being markedly higher than the SEEC by 2-3 orders
of magnititude (Fig. 4). Therefore, the SEC analysis is focused primarily on the STEC. Under all
conditions tested, the STEC decreased and eventually reached a steady state as the recovery
increased; thus we focused our discussion on these steady state conditions.

Figs. 4a and 4b present the SEC (STEC + SEEC) as a function of water recovery from O to
50% with different heat source temperatures (conditions 1 and 2 in Table 1). Under these
conditions, scaling was limited, the flux was relatively stable (Fig. 2a), and the STEC was steady
when recovery ranged between 10% and 50% (Figs. 4a and 4b). When T, = 140 °C, and water
recovery increased from 10% to 50%, the STEC decreased from 2,720+158 kJ kg™ to 2,530+81
kJ kg™'. When T increased to 180 °C, the system had a higher STEC, with the STEC between
10% and 50% recovery ranging between 3,068+140 kJ kg™' and 2,897+123 kJ kg™ (Fig. 4b). The
increase in STEC was because the increased culmulative water production rate (which increased
with increasing heat input rate) was smaller than the increased heat input rate at the higher

temperature (i.e., the heating was less efficient) (Eq. 7).
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To investigate the impact of scaling on system energy peformance, Figs. 4c and 4d plot the
SEC (STEC + SEEC) as a function of water recovery above 50%, where membrane scaling was
observed and the membrane experienced rapid flux decline (conditions 3 and 4 in Table 1).
Beyond 50% recovery, the STEC values remained stable until 60% recovery was reached.
However, at 60% recovery the STEC began increasing due to a dramatic flux decline (Figs. 4c
and 4d). The flux decline decreased the culumulative water production, and thus increased
STEC. Because the system has a high stable flux for a relatively long time before flux decline,

the STEC did not have a marked increase, as shown in Figs. 4c and 4d.
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The STEC is negatively impacted by scaling, as shown in Fig. 4. The formation of mineral
scale blocked the vapor flow through the membrane, resulting in lower cumulative water
production rate and higher STEC values. With scale formation that prevents feed from
evaporating, the supplied heat was primarily used to heat up the bulk feedwater in the feed
channel based on the heat distribution shown in Section 3.1. The increased feed temperature
could decrease the solubility of mineral species such as CaSO, and SrSO,, which further affect
the SEC performance. Therefore, to achieve good STEC performance, it is necessary to target

maximum water recovery while preventing scale formation.

3.4. DHVMD process modeling

Our experimental results demonstrated the feasibility of a lab-scale DHVMD process for
concentrating real O&G produced water. To explore potential performance of a full-scale
DHVMD process, we simulated a full-scale module. The simulation captures temperature,
salinity, water transport, and energy flows during the steady-state operation of a single-pass
DHVMD system. Operating conditions, module dimensions, feed solution properties, and
membrane properties used in the simulation are described in the SI (Table S2). We used the
model to compare the performance of a standard VMD process (no heat addition) to the
DHVMD process (with the addition rate of 3,600 W of heat to the membrane surface, 3,600 W
of heat to the feed channel, or 1,800 W of heat to the membrane surface and 1,800 W heat the
feed channel).

Membrane surface temperature and bulk feed temperature profiles for the module are
calculated for both the VMD and DHVMD systems (Fig. 5a). Membrane surface heating

increases the membrane surface temperature the most, followed by hybrid heating (heating both
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membrane surface and feed channel) and feed channel heating, with the same amount of total
heat input rate (3,600 W). Not surprisingly, feed channel heating is most effective at increasing
the bulk feed temperature given the same heat input rate, followed by hybrid heating and
membrane surface heating. The average TP for the entire module is plotted in Fig. 5b as the ratio
of membrane surface and bulk feedwater temperature (Eq. S25). Throughout the entire module,
membrane surface heating increased the TP while feed channel heating reduced the TP. Hybrid
heating resulted in a net increase in the TP, which shows that membrane surface heating impacts
temperature polarization more than feed channel heating does.

The longitudinal profiles of bulk feed salinity and the salinity of the feed along the membrane
surface are shown in Fig. 5c. The salinity at the feedwater-membrane interface is most
significantly increased by membrane surface heating, followed by hybrid heating and feed
channel heating. In contrast, the bulk feed salinity only slightly increases along the module. Fig.
5d presents the longitudinal CP profile for the module, defined as the salinity at the feedwater-
membrane interface salinity divided by the bulk feed salinity (Eq. S32). Given the same heat
input rate, membrane surface heating increased the concentration polarization to a greater extent,
followed by hybrid heating and feed channel heating.

The longitudinal water flux (calculated by Eq. S35) and heat flux (calculated by Eq. S18)
from the bulk feed along the length of the module under different heating conditions are shown
in Fig. 5e. Membrane surface heating has the highest impact on water flux (increasing it) for a
given heat input rate. The vapor flux has the highest increase caused by surface heating,
followed by hybrid heating and feed channel heating. In addition to vapor flux, we also evaluate
the heat flux. Heat flux characterizes the heat losses of the feed, which is the sum of membrane

surface heat input rate and convective heat transfer rate (of vapor). Membrane surface heating
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reduces heat losses, feed channel heating increases heat losses, and hybrid heating has a net

effect of reducing heat losses for the module.
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lines) and bulk feed salinity (black lines), (d) concentration polarization factors (CP, purple
lines), (e) transmembrane water flux (blue lines) and heat flux from bulk feed (red lines) as a
function of normalized DHVMD module position with different direct-heating conditions,
membrane surface heating (adding 3600 W heat to membrane surface), feed channel heating
(adding 3600 W heat to feed channel), and hybrid heating (adding 1800W heat to membrane
surface and 1800 W heat to feed channel). The solid lines represent the condition without any
heat input while the dashed, dotted, and dashed-and-dotted lines represent membrane surface
heating, feed channel heating, and hybrid heating, respectively. (f) Single-pass water recovery
(navy blue) and the STEC (dark yellow) of a single-pass DHVMD as a function of heat input
rate to membrane surface under different feed channel heating conditions, including no heat input
(squares) and heat input rate of 1800 W to feed channel (triangles).

Based on the vapor and heat flux data, we calculate the single-pass water recovery and STEC
at a system level for different heat input rates to the membrane surface (from 0 to 3,600 W with
an interval of 900 W) and to the feed channel (Fig. 5f). In the STEC calculation of the process
model (Eq. S37), heat input rates include the direct-heat input rate as well as the heat input rate
required to heat the bulk feed to 60 °C before entering the membrane module. With a heat input
rate of 3,600 W to the membrane surface, the single-pass water recovery increases by about
48.3%. The STEC has a 16.4% decrease due to the increased water recovery and reduced heat
loss. In comparison, the equivalent heat input rate (3,600 W) to the feed channel increases the
single pass water recovery by 26.3%, which is less than the impact of surface heating (48.3%),
and yielded nearly no reduction (an 1.9% decrease) in the STEC due to the heat loss divided by
water recovery staying the same.

Water recovery can also be further increased under more optimized conditions for heat and
mass transfer, such as longer channel length, lower channel depth, higher feed temperature,
stronger vacuum, and higher membrane permeability. However, in a single pass MD, it is hard to
achieve a water recovery needed for brine concentration, as shown in the previous reports (Lin et

al., 2014). Therefore, the DHVMD system requires a single stage batch or semi-batch

configuration (our experimental system), or a multi-staged single pass configuration
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(Bartholomew et al., 2020; Dudchenko et al., 2021; Mulder, 2012) to achieve a high total water
recovery (and concentrate the feed up to 310 g L' TDS).

To maximize energy efficiency and achieve high GOR values, heat recycling is critical in all
thermal desalination systems. DHVMD will be no exception. The minimum work of separation
in thermal desalination is the latent heat of vaporization of water, which is 2260 kJ kg™
(Deshmukh et al., 2018). This is far higher than the energy needed for pressure-driven
desalination processes (e.g., seawater RO is about 8 to 12 kJ kg™'). Thermal desalination
technologies, including MD, consequently use heat exchangers to recover the latent heat of
condensation, and lower their overall energy consumption (Bartholomew et al., 2020; Chung et
al., 2016; Dudchenko et al., 2021). Large scale thermal desalination processes have GOR values
between 10 and 20, with actual STECs as low as 8.3 kJ kg™' (Al-Karaghouli and Kazmerski,
2013; Thm et al., 2016). It should be noted that even if a GOR of 20 is assumed, at 2260 kJ kg™
the practically achievable minimum work of separation for a thermal process is 113 kJ kg™,
which is an order of magnitude higher than a seawater RO unit including irreversible losses.
Hence, thermal desalination makes sense in two scenarios: (1) when oil and gas are
extraordinarily cheap and the steam generated by a steam-electric cogeneration power plant can
be used to drive the desalination process (as in the Middle East) or (2) when the osmotic pressure
of a hypersaline water exceeds the pressure limits of commercially available RO membranes

and/or process equipment.

4. Conclusion
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We developed a bench-scale, batch DHVMD system to desalinate a real O&G produced
water with an initial TDS concentration of 115,500 mg L' TDS. We achieved a maximum of
66% water recovery at an average water flux >6 kg m~ hr!, an overall salt rejection >99.9%, and
a single stage SEC as low as 2530 kJ kg™' (703 kWh m™). The concentrated brine had a TDS
concentration high enough to achieve NaCl saturation, which is often a target in brine
concentration processes, with the goal of “minimum liquid discharge”. In addition to
experimental efforts, we modeled temperature, salinity, water transport, and energy flows in a
medium-scale DHVMD module. The results suggest that an addition rate of 3,600 W of thermal
energy to the feedwater-membrane interface increases water recovery by 47.6% and decreases
the STEC by 16.4% in a single pass. We further discussed possible designs of a large scale
DHVMD for brine concentration that use batch/multistage configuration and incorporate heat
recovery systems, to achieve high water recovery and high gained output ratio. The DHVMD
process demonstrated herein shows promise for eventual scale-up in the desalination of high-

salinity O&G produced water and other hyper-saline waters.
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